A numerical model for predicting bubble formation in a 3D fluidized bed  by Witt, P.J. et al.
A numerical model for predicting bubble formation in a 3D
fluidized bed
P.J. Witt a,b,*, J.H. Perry a,b, M.P. Schwarz a
a CSIRO Minerals, Mineral Processing and Metal Production Sector, Box 312, Clayton South Vic. 3169, Australia
b CRC-New Technologies For Power Generation From Low-Rank Coal, Mulgrave, Vic., Australia
Received 1 July 1997; received in revised form 20 April 1998; accepted 20 April 1998
Abstract
Fluidized bed systems have the potential to be widely used in the power generation, mineral processing and chemical
industries. One factor limiting their increased use is the lack of adequate design techniques for scaling such systems. A
model has been developed for simulating gas–solid fluidized bed plant. The model uses a multiphase Eulerian–Eulerian
technique to predict the transient behaviour of fluidized bed systems. The commercial CFD code CFX is used as the
computational framework for solving the discretized equations. To overcome the problem of accurate geometrical
representation experienced in previous models a body fitted grid system is employed. The model is used to predict
isothermal flow in a three-dimensional bubbling fluidized bed. Predictions of the three-dimensional model show bubble
formation with gas bubbles or voids preferentially moving along the centre of the bed. Predicted behaviour is quali-
tatively consistent with experimental observations. Ó 1998 Elsevier Science Inc. All rights reserved.
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1. Introduction
Bubbling and circulating fluidized bed systems are becoming an increasingly important tech-
nology for the power generation, mineral and chemical processing industries. Benefits in eco-
nomic, operational and environmental terms can be achieved with fluidized bed technology over
more traditional technologies. The complex fluid mechanics in fluidized bed systems poses a
significant challenge and a technological risk to plant designers and investors.
Current techniques for scaling fluidized beds rely on either scaling laws based on dimensional
analysis or simple empirical correlations. In systems with well-known behaviour these techniques
allow changes in operating parameters to be analysed. However where large changes in scale or
operating parameters occur such techniques are often inadequate. For single phase flows CFD
modelling has proved to be capable of overcoming such problems and often provides significant
insights into the understanding of how the flow behaves.
Early CFD models of fluidized bed systems used specially written codes which are usually
limited to two dimensional isothermal flows and simple rectangular geometries [1–4]. This paper
reports on recent work undertaken to extend the Eulerian–Eulerian model in the commercial CFD
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code CFX (formerly CFDS-FLOW3D) [5] to simulate fluidized bed systems. An advantage of
using CFX is that its multiblock facility and body fitted coordinates allow more complex geom-
etries to be handled than was possible in earlier models. Also, advanced numerical techniques
developed for single phase flows can be adopted more readily for use in multiphase flow problems.
This paper describes the CFD model and demonstrates its use by applying it to predicting
bubbles forming in a three-dimensional fluidized bed.
2. Mathematical model
2.1. Multiphase continuum model
Multiphase gas–solid flows can be modelled using either Eulerian–Lagrangian or Eulerian–
Eulerian methods. The most widely used Eulerian–Lagrangian method is the particle tracking
method where individual particle trajectories are found by solving Newton’s equations of motion
with the drag force being found from the gas flow field. Often the coupling between the solid and
gas phases is one-way and it is usual to ignore particle to particle interactions and the volume
occupied by the solid phase. For fluidized beds where there are high solids loading and strong
interactions between individual particles and the gas and particle phases the particle tracking
Eulerian–Lagrangian method is unsuitable. An alternative Eulerian–Lagrangian method is to use
the discrete element method (DEM) for the solid phase with coupling to a Eulerian gas field.
DEMs are able to handle particle–particle interactions and have been applied to small scale two-
dimensional fluidized bed problems [6]. Limited three-dimensional simulations have also been
performed, however the DEM becomes prohibitively computational expensive as the number of
particles increase making it currently unsuitable for medium to large sized problems.
The Eulerian–Eulerian method uses temporal and spatial averaging of particle and fluid
variables along with principles of mass, momentum and energy conservation to obtain continuum
equations for each phase. Time and length scales over which the variables are averaged corres-
pond to the time step and cell size and need to be suciently small that only small changes in the
variables occur across them. The resulting set of equations are similar in form to the single phase
Navier–Stokes equations. Details on the derivation of the continuum equations for fluidized beds
are provided by Gidaspow [7]. For the present study a two-phase isothermal Eulerian–Eulerian
approximation is used with the particle phase limited to a single diameter. In this model the
necessary continuum equations for volume fraction and velocities are:
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where a is volume fraction, q the material density, u the velocity vector, p pressure, ps the solid
pressure, l the dynamic viscosity, b the interphase momentum transfer coecient, g the gravity
vector, g indicates the gas phase and s the solids phase.
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2.2. Constitutive equations
To close the above equation set constitutive equations that are required for the interphase
momentum transfer coecient and the solid pressure terms [4]. The interphase momentum
transfer coecient, in regions where the gas volume fraction is less than 0.8, can be approximated
as:
b  150 1ÿ ag
ÿ 2
lg
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 1ÿ agÿ 
/dp
; 5
where dp is particle diameter and / being the particle sphericity factor. Eq. (5) is derived from the
well known Ergun equation [8] widely used for predicting pressure drop in fluidized beds. In
regions of lower particle concentrations the interphase momentum transfer coecient is obtained
from a modified form [9,10] of the single particle drag correlation and is given by:
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with Re being the particle Reynolds number given as:
Re  qg us ÿ ug
 ag/dp
lg
: 8
Relative motion of particles and collisions with adjacent particles gives rise to shear and
normal forces between particles. Following the single-phase convention, these forces are referred
to as a solids stress with the normal stress component known as solids pressure. Applying the
kinetic theory of dense gases to solid particles recent workers [3,11] have developed a kinetic
theory model for predicting these stress components by solving an additional equation for solids
temperature. Only limited results have been obtained using this model and questions still exist
regarding constitutive relationships in the model. In the current work a fixed viscosity value is
used for the shear stress term. To model the contact force occurring between particles that pre-
vents particle packing beyond their maximum packing fraction, a solid phase pressure term is
added to the solid phase momentum equations and is taken to be:
rps  ÿeÿc agÿa rag; 9
where values [4] for the constants c and a are 100 and 0.45, respectively.
2.3. Numerical solution technique
Solution of Eqs. (1)–(4) is achieved using a finite volume method on a collocated grid. A
segregated iterative procedure is used to solve the equations where for each iteration the velocity
equations are solved, followed by a pressure correction step where a single equation is derived
using an extended form of the SIMPLE technique to adjust the velocities so that global mass
conservation is maintained. Finally the volume fraction equations are solved to update the in-
dividual phase volume fractions based on phase mass conservation and the requirement that they
sum to unity. Thus for each iteration five equations are solved. Typically between 10 and 20
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iterations are required at each time step to reduce the global mass continuity error to 0.1% of the
inlet gas mass flow rate.
Strong coupling between the phases requires that the interphase transfer terms be handled
using a semi-implicit method to aid convergence. In the present model this is achieved using a
method similar to the Inter Phase Slip Algorithm of Spalding [12]. The computational engine used
for solving the equations is the commercial finite volume program, CFX [3]. Interphase transfer
and solid pressure terms are added into CFX via a User FORTRAN interface.
3. Three dimensional bubble formation
3.1. Model description
To demonstrate the capability of the model the problem of a bubbling three-dimensional
fluidized bed riser is studied. Riser geometry and operating conditions are based on a physical
model being used to study the isothermal hydrodynamics of a Winkler style gasifier. Geometry of
the riser consists of a vertical 300 mm diameter cylinder of length 3 m sitting on top of a 800 mm
long conical section as shown in Fig. 1. Fluidizing air at atmospheric conditions enters the conical
section of the model at two levels. At each level, three nozzles, uniformly distributed around the
circumference, feed air into the conical section. To prevent solid material building up in the base
of the cone a small quantity of air with a velocity of 0.1 m/s enters through the base of the cone.
Air supplied to the riser through the inlets is set to give a mass flow rate of 198.7 kg/h which
corresponds to a superficial riser velocity of 0.58 m/s. A constant pressure boundary is used at the
top of the riser. Non-slip walls are used for both the gas and solid phases.
Fig. 1. Riser mesh (fine grid model).
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In the original physical modelling work cork was used as the solid material and is used in this
work for the solid particles with a density of 282 kg/m3, a particle diameter of 1.1 mm and a
sphericity factor of 0.69. To account for viscous eects in the particle phase a value of 1.0 Pa/s for
the solid phase viscosity is used, based on published values [4,13] for sand in bubbling and cir-
culating fluidized beds as values for cork were not available. The fluidizing gas is assumed to be
air at atmospheric conditions. Initially the riser is partly filled with solid material with a volume
fraction of 0.53 giving a total solids inventory of 14.48 kg. A time step of 0.001 s is used for the
simulation.
To avoid numerical problems arising from non-orthogonal cells and problems arising from the
use of an axis of symmetry, a ‘‘five-block’’ pipe grid is used. The block arrangement is achieved
using body fitted coordinates as shown by the horizontal plane in Fig. 2. A central near rect-
angular block is surrounded by four outer blocks, each of which form a radially truncated seg-
ment.
Grid sensitivity of the calculation is assessed by performing two calculations with dierent
numbers of cells. For the coarse mesh calculation six cells are used circumferentially for each of
the four outer blocks. For cells to match at block boundaries this requires the central block to
have six by six cells. For the outer blocks two cells are used in the radial direction. In the vertical
direction the cone has 18 cells and the parallel section of the riser has 50 cells.
In the fine mesh calculation the number of cells in each segment is doubled to 12 while the
number of radial cells in the four outer blocks is increased to three. The number of vertical cells
for the cone and riser are 55 and 36, respectively giving a total of 26 208 cells. In the coarse mesh
calculation a total of 5712 cells are used. Approximate CPU time for half a second of real time is
25 h for the coarse mesh model on a 55 MHz SUN SPARC 10 and 55 h for the fine mesh cal-
culation on a 90 MHz SUN SPARC 10.
For both calculations the grid is refined in the vertical direction to concentrate cells in the bed
region. It is not possible to accurately represent the circular nature of the gas inlets. For the coarse
mesh calculation each inlet is represented by an individual cell approximately rectangular in shape
and normal to the gas flow. Cross sectional area of the cell face is equal to that of the actual inlet
tube to give the correct mass and momentum sources into the model. For the fine mesh calcu-
Fig. 2. Radial block configuration in riser showing ‘‘five block’’ pipe arrangement.
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lation each inlet consists of four cells also approximately rectangular in shape and of equal area to
the inlet tubes.
3.2. Results
Results obtained for 2 s of real time for the coarse and fine mesh model are presented in the
form of gas phase iso-contours in Figs. 3–5. The iso-contours are at a gas phase volume fraction
of 0.8 which in two-dimensional visualisation studies [2] has been found to have indicated the
boundary of bubbles. Figs. 6 and 7 are from the fine mesh calculation and show contours of solids
volume fraction, at 0.1 intervals, on twelve horizontal planes at various heights for real times of
1.2 and 2 s. Figs. 6 and 7 also include solids velocity vectors and volume fraction contours on a
Fig. 3. Iso-contours showing bubble formation between 0.05 and 2.0 s with a coarse mesh (0.8 gas volume fraction).
Fig. 4. Iso-contours showing bubble formation between 0.05 and 2.0 s with a fine mesh (0.8 gas volume fraction).
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vertical plane at the same time instants. For visualisation purposes the vertical dimension is scaled
by a factor of one-half relative to the horizontal dimensions.
At 0.05 s in Figs. 3 and 4, the locations of the six gas jets are visible as small bubbles. The bed
surface appears elliptical in shape due to the three-dimensional perspective view and with time is
seen to rise upward as gas enters the bed. By 0.8 s the six air jets have coalesced into a long single
void which travels upward and breaks through the bed surface at about 1.3 s. Gas in the void
starts leaving the bed at about 1.5 s. By 2.0 s the initial void has left the bed but solid material
entrained in its wake is seen to be carried into the freeboard region. Further calculation predicts
the formation of long central voids similar to the initial void and are shown in Fig. 5 for the fine
mesh calculation. A few small voids are predicted to occur near the walls, but most gas travels
through the central region. Such a prediction suggests that experimental techniques based solely
on inspection of the outside of clear walled systems will be of limited use for gaining an under-
standing of gas and solid behaviour within such systems.
Fine mesh results in Fig. 4, when compared to coarse mesh results in Fig. 3, show that refining
the grid has a small eect on the solution and hence the solution is not fully grid independent.
However the main features of the flow are captured in both models with the fine mesh model
showing sharper bubble definition and earlier coalescence of the air jets into a single central gas
void. Expansion of the bed surface, the bubble breaking through the bed surface and the solid
entrainment in the wake region are all consistently predicted by both models.
Recently [14] a capacitance tomographic imaging system was used to study solids behaviour in
a fluidized bed with a similar physical geometry and gas inlet system to that of the present model.
Transient radial gas voidage distributions were obtained at a location 640 mm above the junction
of the cone and the riser. Material and thus operating conditions vary from the current model and
thus prevent a quantitative comparison, however qualitatively the results support the model
predictions. At air velocities near the minimum fluidization velocity an almost uniform distri-
bution was observed experimentally with occasional gas voids. At higher gas velocities long
central gas voids form surrounded by solids near the walls at the minimum fluidization voidage.
Between gas voids the solids concentration in the centre of the riser increases but remains sub-
stantially below the minimum fluidization volume fraction near the walls. Such behaviour is
Fig. 5. Iso-contours showing bubble formation between 2.4 and 4.95 s with a fine mesh (0.8 gas volume fraction).
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qualitatively consistent with predictions of the current model. This behaviour is evident that the
volume fraction plots in Figs. 6 and 7.
Velocity vectors in Fig. 6 show the upflow of solid material in the bubble region with solids
velocities in the order of 3 m/s. Near the walls the solids are predicted to flow downward with a
velocity of approximately 0.5 m/s. Flow of solids in the bubble wake region indicates the en-
trainment of solids from the wall region into the centre of the fluid bed indicating one of the
mixing mechanisms in fluidized beds. The complex flow in the cone section arises from the air jets
which are out of plane. Eect of the air jets on the solids is more clearly shown in Fig. 7 where the
plane is through two of the air jets. Fig. 7 is at 2.0 s of real time and the gas voids have become
asymmetrical. Velocities in the gas voids are typically 3 m/s whilst near the wall the solids move
downward at 0.2–0.5 m/s. The volume fraction contours indicate that there is a gradual transition
rather than a sharp interface between the voids and solids. Observations from physical models
indicate that this interface should be reasonably sharp suggesting smearing due to numerical
diusion. Other work [15,16] indicates that higher order dierencing schemes can sharpen the
interface at the cost of additional CPU time.
Fig. 6. Plots of volume fraction and solids velocity vectors at 1.2 s.
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4. Conclusions
A transient three-dimensional multiphase fluidized bed model has been developed using the
commercial CFD code, CFX, as the computational engine. Close coupling between the two
phases requires the use of small time steps and consequently large CPU time requirements.
Results presented in this paper show that CFD technique is capable of predicting typical be-
haviour such as bubble formation and motion observed in a complex fluidized bed system.
A lack of detailed experimental data combined with the large CPU time requirements prevent
quantitative validation of model predictions at this time. Model results show that advanced
experimental techniques are needed to obtain experimental data for model validation. Recent
experimental results are in reasonable qualitative agreement with predictions of the model.
Further work to improve confidence in the CFD model predictions of complex multiphase sys-
tems is required. Such work would include collection of validation data, improvements to physical
models for the hydrodynamics and means of reducing CPU time requirements of the model.
Fig. 7. Plots of volume fraction and solids velocity vectors at 2 s.
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